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Unfortunately, many times industry over-refluxes their columns in order to insure that the product purity specifications are met. That is, they use more energy than necessary to meet the product specifications. As a result, industry many times uses 30 to 50% more energy than necessary to produce their products. It has been estimated that an overall average 15% reduction of distillation energy consumption could be attained if better column controls were applied (Humphrey et al, 1991) .
While there are many options for applying conventional and advanced distillation controls, industry does not know how to compare the various options. As a result, whether or not to apply advanced distillation control, what type of advanced control to apply, and how to apply it are usually determined based upon internal company politics and hear say. In fact, when industry discusses advanced control, they refer to taking a "leap-of-faith," Because it is not understood, it may be applied where it is not needed, or not applied where it should be applied. When improvements in distillation control performance are obtained, there is a tendency for industry to be satisfied not realizing that further improvements in control may be even more economically important. The bottom line is that industry does not have a consistent basis with which to compare the various options for distillation control.
CASE STUDIES AND DYNAMIC MODELS
Three different columns are studied: a propylene/propane column (a C3 splitter), a xylene/toluene column and a depropanizer. The specifications for each column are listed in Table 1 . These cases represent a wide range of distillation applications. The C3 splitter is a low relative volatility, high reflux ratio binary column that is so sluggish that typical analyzer delays do not significantly affect feedback control. While the C3 splitter is a high-pressure column, the xylene/toluene column is a vacuum column for which detailed dynamic pressure modeling is required (Choe and Luyben, 1987) . Moreover, these columns should be similar to a large number of industrial columns. For each case, a detailed dynamic simulator was developed. Table 2 lists a summary of the assumptions used and the factors considered for each dynamic column model.
The vapor/liquid equilibrium (VLE) description for each case study was different. For the C3 splitter, the VLE was described using a relative volatility which was an explicit function of pressure and composition (Hill, 1959) . As a result, each tray has its own relative volatility which varied from 1.10 at the top to 1.19 at the bottom for the base case. For the xylene/toluene column, Rauolt's law (Prausnitz, 1969) was used for the VLE calculations where the pure component vapor pressures were empirically modeled using the Antoine equation. The resulting relative volatilities were observed to vary from 2.4 to 3.0 from the bottom to the top of the column. The VLE for the depropanizer was modeled using the Soave-Redlick-Kwong model (SRK; Soave, 1972) for the component K-values. Because the SRK method requires an iterative solution procedure, an empirical correlation for the K-values (Boston and Sullivan, 1974) was used in order to reduce the computational overhead. The empirical correlation for the K-values was reparameterized using the SRK model every 10 seconds of simulation time, or if a tray temperature changed by more than 1 .O"C since the last time it was reparameterized. The relative volatility was observed to range from 1.5 at the top to 1.9 for the bottom.
Each column model assumed that the product composition analyzer had an analyzer delay of five minutes. Tray temperatures for the depropanizer (the 1 1 * and 36* tray from the bottom for the stripping and rectifying sections, respectively) were found to correlate well with product compositions. As a result, tray temperatures were used to estimate the product composition for the depropanizer used the following functional form
where x is the product impurity level for each product, Tis the tray temperature, and A and B are empirical constants. The value of A was filtered based upon the previous (x, r ) values which come from the product composition analyzer while the value of B was empirically set and remained fixed for all simulations. Tray temperatures were found not to correlate well w i t h product impurity levels for the C3 splitter and the xylene/toluene column.
C3 splitter used an Euler integrator (Eggs, 1994) with a step size of 0.3 seconds and 0.2 seconds, respectively. The ratio of simulated time to CPU for a 66 MHz 486 PC using Microscroft FORTRAN 5.1 was 50 for the C , splitter and 15 for the depropanizer. As a result of the dynamic modeling of pressure, the xylene/toluene simulator required an implicit integrator, LSODES (Hindmarsh, 1983) , and resulted in a simulated-time to CPU-time of 7.
The C3 splitter was bench-marked against dynamic industrial data for a C, splitter using the (L,B) configuration. First, open loop responses from the simulator were used to qualitatively check the model against the industrial data. Next, estimated industrial response times (an eight hour response time for the overhead composition for a step 0.5% change in the reflux rate and a 25 hours response time for the bottom composition for a 1% step change in the bottoms flow rate) were used to set the hydraulic time constants for all the trays. A hydraulic time constraint of three seconds provided the best overall fit. Finally, the xylene/toluene model was found to match the results presented by Choe and Luyben (1987) .
IMPLEMENTATION APPROACH FOR EACH CONTROLLER
Conventional Proportional Integral (PI) controls, Dynamic Matrix Control ( DMC), nonlinear Process Model Based Control (PMBC), and Artificial Neural Networks (ANN) were applied to the simulators of each column for dual composition control. The PI, nonlinear PMBC controllers, DMC, and ANN controllers was applied using the same configuration and each controller was tuned for setpoint changes. Setpoint changes, using 50% changes in impurity, were chosen for controller tuning in order to provide a consistent tuning procedure that is likely to be robust for a wide range of upsets. All controllers used a 5 min control interval, because new analyzer readings were available every 5 min. All controllers were treated as unconstrained, although the column model did not allow for negative flow rates.
The diagonal PI composition controllers were tuned using Auto Tune Variation tests (ATV; Astrom and Hagglund, 1988) with on-line determination of the overall detuning factor. ATV tests were used to identify the ultimate gain and ultimate period for the overhead and bottoms. The Ziegler-Nichols (Ziegler and Nichols, 1942 ) PI settings were then calculated. Both controllers were detuned to provide minimum Integral Absolute Error (IAE) for setpoint changes in the overhead product using 50% impurity changes. Detuning was accomplished by dividing both controller gains and multiplying both reset times by the same detuning factor. The diagonal PI controllers were also tuned using pulse tests for the identification of transfer function models followed by the application of the Biggest Log Modulus (BLT) tuning procedure (Luyben, 1986) as a comparison to the ATV tuning procedure. The control performances of the controllers tuned by each procedure were found to be essentially equivalent. Because the ATV test with on-line detuning was easier to implement and is more realistically applied in an industrial setting, it was chosen as our PI tuning procedure.
The DMC controller was provided to us by AspenTech. The step response models for the DMC controllers were developed for each input (z, mole fraction light component in the feed) (f, feed flow rate to the column) (L, reflux flow rate) (B, bottom by-product flow rate)/output (x,y) pair. The output for the high purity products were log transformed in an effort to linearize the overall process behavior; e.g.,
Where y' is the purity of the overhead product. At least 12 independent step tests were conducted for each input variable. Identification software @MI provided by AspenTech) was applied to all the step test data in order to develop the step response models for each inpudoutput pair used by the DMC controller. The step response models were supplied to the DMC controller, and the final controller tuning was performed for setpoint changes. Standard tuning of the DMC controller was used, i.e., a control horizon of 30 control intervals and a model prediction horizon of 120 control intervals (the maximum available).
The nonlinear PMBC controller using tray-to-tray models was applied using the approach presented by Eggs et al., 1993 . The control law calculates target setpoints (xss, yss) based upon proportional and integral feedback.
Then, the values of xss and yss are used by the tray-to-tray model to calculate the energy input to the colwnn. Because eqs 1 and 2 can result in values of xss that are negative and values of yss that are greater than 1 .O, limits are used to restrict the maximum and minimum values of xss and yss. See page 9, Nomenclature, for definitions.
An overall material balance was used to calculate the value of the bottoms flow rate. Since the column responds much faster to energy changes (e.g., reflux flow) than to material balance changes (e.g., bottoms flow), the target product compositions (xss and yss) are applied by I(xMB according to the following equations in an effort to improve the response of the bottom product composition.
Then
The feed rate and the feed composition used by the model were each dynamically compensated using a first order lag and a dead time. When a feed compensation analyzer is not available, the product purities and product flow rate are used to calculate an estimate of the feed composition. This backcalculated feed composition is filtered, and the filtered value is used as the feed composition by the tray-to-tray steady-state model. When eqs 1 and 2 are used for setpoint changes, the resulting changes in the manipulated variables are much too sharp; therefore, a filter on the setpoint changes was used to stabilize the controller for setpoint changes. The nonlinear PMBC controller was tuned for setpoint changes based upon minimizing the IAE for the overhead product.
The tray-to-tray steady-state controller model used by the nonlinear PMBC controller used the relative volatility modeled as a function of liquid composition and pressure but used a stage wise tray efficiency while the dynamic simulator used a Murphree tray efficiency.
An ANN steady-state model was used to replace the tray-to-tray steady-state binary model used by the nonlinear PMBC controller. The feedforward ANN Model consisted of three input nodes, three hidden nodes (one hidden layer), and two output nodes. The transfer functions used were sigmoidal, and the learning algorithm applied was the Levenberg-Marquardt method (Marquardt, 1963 ). The ANN model considers xss, yss, and z as input and calculates the manipulated variables as its output. Because the ANN model did not always match the simulator at steady state, a filtered bias was used to keep the ANN model in agreement with the process (dynamic column simulator). That is, the difference between the measured manipulated variables and its calculated value was filtered on-line. When control calculations were required, the values of xss, yss, and z were fed to the ANN model and the resulting manipulated variables were added to the current value of their respective filtered bias. A similar procedure was used for calculating an on-line bias for the bottom flow rate. The ANN model was trained over the expected range of inputs using 700 steadystate data sets from a tray-to-tray steady-state simulator. The ANN model based controller was tuned for setpoint changes.
CONFIGURATION SELECTION
A major degree of freedom in designing a distillation control system is the choice of the manipulatedcontrolled (u,y) variable pairings. For a two product column, there are, in general, five choices of controlled variables (x, y, LAC, &, P) and five manipulated variables (D, L, V, B, QCom).
In addition, there are a variety of ratios that can also be used (e.g., LD, V/B, L/B, etc). As a result, there are an enormous number of possible (u,y) pairings.
In practice, the choice of (u,y) pairings for distillation control is much more limited. First, condenser duty is usually set and not directly manipulated (e.g., refinery columns typically operate at maximum condenser duty in order to operate at minimum pressure and maximum relative volatility while a significant portion of other columns use a vent andor inject inerts in the overhead system for pressure control at a generally fixed condenser duty). Second, it is generally not desirable to choose a manipulated variable from one end of the column to control a product composition at the other end (There are exceptions to this rule, e.g., Shinskey ( Table 3 .
At this point, it should be emphasized that the four manipulated variables (L, D, V, B) should be implemented as ratios to feed flow rate (i.e., LE, DE, DE, V/F, V/F, BE). This is because, for a column operating at a constant overall tray efficiency, L, D, V, and B will scale exactly with feed flow rate. Note that in each case, the feed rate used is dynamically compensated. This approach will greatly reduce the size of the upsets caused by feed flow rate changes. Skogestad et a1 (1990b) failed to use this approach when testing the (L,V) configuration for feed flow rate upsets. As a result, they observed unrealistically poor control performance for the (L,V) configuration for feed flow rate changes.
There are several ways to implement L/D or VIB control. For example, for L/D control, the distillate flow rate, D, could be set by the accumulator level controller and the reflux flow rate set as a reflux ratio times D. This approaches suffers from coupling between the composition controller and the level controller. The two controllers can be decoupled by having the accumulator level controller set the sum of L and D [i.e., (L+D),,,] then D and L can be calculated as
Note that as L/D is changed by the overhead composition controller, the proportions of L and D change but their sum (i.e., the draw rate from the accumulator) remains relatively constant. We have observed superior composition control performance for this approach to reflux ratio control compared with the previous approach. V/B control can be implemented in a similar manner in order to decouple the composition control problem from the reboiler level control problem. As a result, this approach has been used to implement all controllers which use LID or V/B as manipulated variables.
In selecting a configuration from among the nine choices, there are three factors that should be considered: steady-state coupling, sensitivity to disturbances, and synamic behavior. Each configuration will have its own coupling characteristics which represents a major factor in the configuration selection process for distillation control.
Here the configuration selection was evaluated based upon the performance of each configuration using a conventional PI controller. In this manner, each configuration was tuned for setpoint changes and tested for feed composition upsets.
Single-ended control The configuration selection problem for single composition control (i.e., controlling the composition of only one product) was evaluated by comparing L, D, and L/D for overheard composition control and by comparing V, B, and VIB for bottoms composition control. For example, when L is used to control y, V is fixed and when B is used to control x, L is fixed. In each case, the controllers were tuned for setpoint changes in the product impurity level and tested for feed composition upsets. Table 4 lists the IAE's for the overhead and bottoms product composition for each of the configuration and for each of the three columns considered. Note that the reflux consistently provided the best control performance for the overhead product while the boilup rate provided the best overall performance for the bottom product. That is, the (L, V) configuration performed best for single-ended control.
Dual Composition Control. Table 5 shows the control performance for each of the nine configurations considered for each column for a step change in the feed composition. For the C3 splitter, the (L,B) and (L, V/B) configurations provided the best overall performance. For the xyleneholuene column, the (L/D, V) configuration provided the best performance. For the depropanizer, the (L, V B ) configuration provided the best performance. While general guidelines can be given for general selection procedures resulting in reasonable configuration selection, there is currently no reliable procedure to determine the optimum configuration without resorting to control comparisons using detailed dynamic simulators as was done in the study. This is disturbing, because there is considerable difference between the optimum configuration and a reasonable one. Table 6 lists the comparison among the control performance for the conventional PI control, the DMC controller, and the PMBC controller. For the C3 splitter, the DMC controller provides the best control performance for the overhead product, which is the most important control objective, but generally poorer control performance for the less important bottom product. The PMBC controller is not quite as effective as the DMC controller for the overhead product but does a much better job on the bottom product.
COMPARISON OF CONTROLLERS
For the xylene/toluene and depropanizer cases, the PI controller clearly out performs the DMC and PMBC controllers. For the xylene/toluene case, the impurity level is 0.1% in both products and it was assumed that both products are equally important. For the depropanizer, the impurity level is 0.5% in both products and once again it was assumed that both products are equally important.
Another design of the C3 splitter was studied in which both impurity levels were set at 2.0% and both products were equally weighted. The comparison between PI and DMC are shown in Table   7 . Note for this case, PI performs better than DMC. Table 8 shows the results for a different xylene/toluene column w i t h the overhead impurity set at 0.1% and the bottom impurity at 2% with control of the overhead selected as the highest priority. Note that in this case, the DMC controller provides the best control of the overhead product which is the primary control objective in this case.
A number of similar comparison studies were conducted and in each case it was observed that when equal weighting of both products occurred, PI out performed DMC. But when one product is given a high priority for control, DMC provided to be superior.
The PMBC controller did not appear to offer advantages over the PI and DMC controllers.
Even the high purity case for which one would have expected the PMBC controller to perform best but, it was generally inferior to PI.
Because the ANN controller is simply a PMBC controller with a neural network steady-state model, ANN also did not offer any advantages over PI or DMC.
CONCLUSIONS
By studying a wide range of column types for a number of designs the following conclusions are made 0 0 For single-ended control apply the (L ,V) configuration For dual ended control, the optimum configuration will generally require simulated control studies.
PMBC and ANN did not offer any advantages over PI and DMC DMC out performed PI where the control performance of one product was valued more than the other which is usually the case industrially. 
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